Fischer–Tropsch synthesis on cobalt–manganese nanocatalyst: studies on rate equations and operation conditions by Mohsen Mansouri et al.
RESEARCH
Fischer–Tropsch synthesis on cobalt–manganese nanocatalyst:
studies on rate equations and operation conditions
Mohsen Mansouri • Hossein Atashi •
Farshad Farshchi Tabrizi • Ghobad Mansouri •
Naimeh Setareshenas
Received: 22 January 2013 / Accepted: 31 March 2014 / Published online: 8 May 2014
 The Author(s) 2014. This article is published with open access at Springerlink.com
Abstract In this research, an active Co–Mn/TiO2 catalyst
was prepared by co-precipitation method for synthesis of
light olefins in Fischer–Tropsch synthesis. After studying
the effects of using optimized operating conditions on
catalyst performance, the kinetic of experimental study was
performed in a differential fixed-bed micro reactor. The
effect of a range of operating variables such as the pres-
sure, temperature, and H2/CO molar feed ratio on the cat-
alytic performance of precipitated catalyst were
investigated. It was found that the best operating conditions
are H2/CO = 2/1, T = 270 C, and P = 3 bar. Power-law
equations have been fitted with experimental data in terms
of the hydrogen and carbon monoxide partial pressure for
the CO conversion rate and production rates for each
product. The activation energies for the carbon monoxide
conversion and methane production were determined to be
30.71 and 42.37 kJ/mol, respectively.
Keywords Fischer–Tropsch synthesis  Fixed-bed
reactor  Power-law equation  Operation conditions
List of symbols
Lb Length of catalytic bed (m)
dp Particle diameter (m)
F Molar flow rate (mol/min)
T Temperature (C) in kinetic equation (K)
R Universal gas constant (8.314 J/mol. K)
PH2 Partial pressure of hydrogen (atm) in kinetic
equation (bar)
PCO Partial pressure of carbon monoxide (atm) in kinetic
equation (bar)
R2 Goodness of fit
W The catalyst weight (g)
Introduction
Fischer–Tropsch synthesis (FTS) has received renewed
interests in recent years because of the global demand for a
decreased dependence on petroleum for production of fuels
and chemicals. FTS is a heterogeneous catalytic process for
the transformation of synthesis gas (syngas, CO ? H2) into
hydrocarbons [1, 2]. This process was first reported more
than 80 years ago by two German chemists, Fischer and
Tropsch [3]. The FT process generally includes the fol-
lowing reactions [4]:
Paraffin formation: 2n þ 1ð Þ H2 þ nCO
! CnH2nþ2 þ nH2O ð1Þ
Olefin formation: 2nH2 þ nCO ! CnH2n þ nH2O: ð2Þ
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In some references, these equations have been summa-
rized in an alternative way [5]:
1 þ m=2nð Þ H2 þ CO ! 1=nð Þ CnHm þ H2O, ð3Þ
where n refers to the length of the carbon chain and m is
the average number of hydrogen atoms in the hydrocarbon
molecule. Chemicals such as a-alkenes may also be
directly produced from syngas if a highly selective FT
catalyst can be developed.
The typical active metals used in FT catalysts are Fe,
Co, and Ru although several other metals, such as Ni and
Rh, also exhibit activities for Eqs. (1–3) [6]. Both cobalt
and iron have been employed in industry for FTS. Fe is
cheaper than Co, but Co-based catalysts are generally
more active and more selective to linear long-chain
hydrocarbons. Moreover, Co catalysts are typically more
resistant to deactivation by water [7, 8]. Thus, Co cata-
lysts have attracted much attention for the synthesis of
long-chain linear hydrocarbons, such as wax and diesel
fuel [7, 9].
However, very wide product distributions are generally
obtained over conventional FT catalysts. Selectivity control
remains one of the most important and difficult challenges
in the research area of FTS. Generally, the nature of the
catalyst, the reactor, and the operating conditions are the
main factors affecting the product selectivity and the CO
conversion activity for FTS. TiO2 supported catalysts have
been shown to have a strong metal–support interaction [10]
which makes the cobalt species difficult to be reduced,
most likely due to a strong Co–O interaction with the
support that are reduced only at very high temperatures
[11]. It was shown that the addition of Mn to Fe or Co
catalysts brought about a significant increase in high olefin
formation and a decrease in methane activity [12, 13]. Co–
Mn catalysts have been investigated intensively for their
higher selectivity to produce C2–C3 olefins [14]. Recently
efforts have also been done to optimize the Co content in
the bulk precipitated catalysts [15], to understand the effect
of cobalt on activities of the bifunctional catalysts and also
to find the optimum conditions for the production of C2–C4
olefins in maximum amounts [16].
The kinetic description of the FT reaction is a very
important task for industrial practice, being a prerequisite
for the industrial process design, optimization, and simu-
lation. The kinetics of cobalt-based FT catalysts has been a
subject of research for decades. The mechanistic kinetic
rate expressions for cobalt catalysts are based on the for-
mation of the monomer species as the rate-determining step
in the consumption of synthesis gas. Many kinetic equa-
tions have been proposed in the literature for various cobalt
catalysts, and these have been obtained either empirically
(using a power-law rate equation) or to fit a proposed
mechanism [17–23]. A few power-law rate equations over
various cobalt catalysts are presented in Table 1 [19–23].
The objective of this work is to determine the reaction
rates and selectivity of products for FTS on a titania-sup-
ported cobalt–manganese nanocatalyst, which was pre-
pared by co-precipitation method. After studying the
effects of using optimized operating conditions on catalyst
performance, the kinetic of experimental study was carried
out over a wide range of reaction conditions. A few
experiments have been carried out in a fixed-bed differ-
ential reactor under nearly isothermal conditions. Based on
the experiments, a number of power-law rate equations
have been presented. The appropriate models were
obtained and the kinetic parameters were determined.
Methods
Materials and processing
Co–Mn catalysts (25 %Co/75 %Mn/30 wt.% TiO2) tested
in this study were prepared using co-precipitated procedure
which is described elsewhere [2]. Aqueous solutions of
Co(NO3)36H2O (0.5 M) (99 %, Merck) and Mn(NO3)2-
4H2O (0.5 M) (99 %, Merck) with different molar ratios
were pre-mixed and the resulting solutions were heated to
70 C in a round bottomed flask fitted with a condenser.
Aqueous Na2CO3 (0.5 M) (99.8 %, Merck) was added to
the mixed nitrate solution in a dropwise manner with stir-
ring while the temperature was maintained at 70 C until
pH 8 ± 0.1 was achieved. The resulting precipitate was
then left in this medium for times ranging 0–240 min. The
aged precipitate was then filtered and washed several times
with warm distilled water. The precipitate was then dried in
the an oven (120 C, 16 h) to give a material denoted as the
catalyst precursor, which was subsequently calcined in
static air in a furnace (500 C, 16 h) to give the final cat-
alyst. Then, to prepare TiO2 supported catalyst, the amount
of 30 wt.% of TiO2 based on the total catalyst weight was
added to the mixed solution of cobalt and manganese
nitrates with the molar ratio of 25 %Co/75 % Mn and then
filtered, washed, dried at 120 C, and calcined at 500 C
for 16 h, in the same way as for the unsupported catalyst
preparation. The catalyst sample was also characterized by
X-ray diffraction, scanning electron microscopy and Bru-
nauer–Emmett–Teller (BET) surface area methods, as
demonstrated in our previous work [2].
The BET specific surface area of precursor was found to
be 138.2 m2/g. The BET specific surface area resulting
from the calcined catalysts (before and after FTS) is given
in Table 2. According to this table, it can be observed that
the surface area values obtained for the calcined catalyst
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(before FTS) are relatively higher than that observed for
the tested catalyst.
The average value of the crystal size in the Co–Mn/TiO2
nanocatalyst was determined to be about 21 nm by using
Scherrer equation. A temperature-programmed reduction
determination showed reduction peaks at 225, 320, and
460 C. Using the definition of ‘‘degree of reduction’’
(DR), the value of DR for Co–Mn/TiO2 catalyst was 89 %.
Catalytic test
The experiments were carried out in a fixed-bed tubular
stainless steel micro reactor. A schematic representation of
the experimental set up is shown in Fig. 1 [2]. All gas lines to
the reactor bed were made from 1/400 stainless steel tubing
Three mass flow controllers (Brooks, Model 5850E) were
used to adjust automatically flow rate of the inlet gases
comprising CO, H2, and N2 (purity of 99.99 %). The mixed
gases in the mixing chamber passed into the reactor tube,
which was placed inside a tubular furnace (Atbin, Model
ATU 150-15) capable of producing temperature up to
1,500 C and controlled by a digital programmable con-
troller (DPC). The reactor tube was constructed from stain-
less steel tubing; internal diameter of 20 mm, with the
catalyst bed situated in the middle of the reactor. The reaction
temperature was controlled by a thermocouple inserted into
catalyst bed and visually monitored by a computer equipped
with software. Some thermocouples were inserted in the
catalyst bed for monitoring the inlet, outlet, and bed tem-
peratures by a DPC. Prior to the catalytic activity measure-
ments, the samples were crushed, sieved (mesh size
0.1–2.5 mm), and then held in middle of the reactor using
quartz and asbestos. The catalyst was in situ pre-reduced at
atmospheric pressure under H2–N2 flow H2/N2 = 1 (flow
rate of each gas = 30 ml/min) at 400 C for 16 h before
synthesis gas exposure. It consists of an electronic back
pressure regulator which is able to control the total pressure
of the desired process by remote control using TESCOM
software package designed. This promotes the yield in the
range of 1–100 bar. In each test, 1.0 g catalyst was loaded
and the reactor operated about 12 h to ensure steady-state
operations were attained. Reactant and product streams were
analyzed on-line using a gas chromatograph (Thermo ONIX
UNICAM PROGC ?) equipped with sample loop, two
thermal conductivity detectors (TCD) and one flame ioni-
zation detector (FID) able to perform the analysis of a wide
variety of gaseous hydrocarbon mixtures, one TCD used for
the analysis of hydrogen and the other one used for all the
permanent gases such as N2, O2, and CO. The FID is used for
the analysis of hydrocarbons. The system is applicable to the
analysis of non-condensable gases, methane through C8
hydrocarbons. The contents of the sample loop were injected
automatically into an alumina capillary column
(30 m 9 0.550 mm). Helium was employed as a carrier gas
for optimum sensitivity (flow rate = 30 ml/min). The cali-
bration was carried out using various calibration mixtures
and pure compounds obtained from Tarkib Gas Alvand
Company (Iran).
Experiments were carried out with mixtures of H2, CO,
and N2 in a temperature range of 190–270 C, H2/CO
feed ratio of 1/1–3/1 and a pressure range of 1–10 bar.
The experimental conditions and obtained data are pre-
sented in Table 3. In all of the experiments, the space
velocities were between 2,700 and 5,200 h-1. To achieve
the isothermal conditions in a catalytic bed, the catalyst
was diluted with inert materials (quartz and asbestos) and
axial temperature distribution was ensured using Mear’s
criterion [24, 25]. In order to avoid channelization, the
following simplified relation between catalyst bed length
(Lb) and mean catalyst particle diameter (dp) was fulfilled,
Lb/dp [ 50. We have a differential flow reactor when we
choose to consider the rate to be constant at all points
within the reactor. Since rates are concentration-depen-
dent, this assumption is usually reasonable only for small
conversions or for shallow small reactors. For each run in
a differential reactor, the plug flow performance equation
becomes as follows:
Table 1 Summary of kinetic
studies based on power law rate
of the FTS on cobalt catalysts
FBR fixed-bed reactor
a k is temperature-dependent
constants
References Catalyst Reactor type T (C) P (bar) H2/CO rCOa
[19] Co/TiO2 FBR 200 8–16 1–4 k P0:24CO P
0:74
H2
[20] Co/B/Al2O3 FBR 170–195 1–2 0.25–4 k P0:5CO P
0:68
H2
[21] Co/La2O3/Al2O3 Berty 215 5.2–8.4 2 k P0:33CO P
0:55
H2
[22] Co/CuO/Al2O3 FBR 235–270 1.7–55 1–3 k P0:5CO PH2
[23] Co/MgO/ThO2/kieselguhr FBR 185–200 1 2 k P1COP
2
H2
Table 2 BET surface area (m2/g) result for both precursor and
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Fig. 1 Schematic
representation of the reactor
used. 1 Gas cylinders, 2
pressure regulators, 3 needle
valves, 4 valves, 5 mass flow
controllers (MFC), 6 digital
pressure controllers, 7 pressure
gauges, 8 non return valves, 9
ball valves, 10 tubular furnace,
11 temperature indicators, 12
tubular reactor and catalyst bed,
13 condenser, 14 trap, 15 air
pump, 16 silica gel column, 17
gas chromatograph (GC), 18
mixing chamber, 19 back
pressure regulator (BPR,
electronically type), and 20
control panel (CP)
Table 3 Summary of
experimental conditions for CO
consumption and production
rates of hydrocarbons at
Ptot = 1–10 bar and
T = 190–270 C
Run no. T (C) CO conv. (%) P (atm) F/W
(mol grcat.-1 min)
Rate (mmol grcat.-1 min)
CO H2 CO CH4 C3H6 C5?
1 190 11.2 0.691 2.241 0.0019 0.218 0.023 0.054 6.464
2 190 11.1 1.154 3.533 0.0032 0.36 0.036 0.087 11.846
3 190 10.6 1.625 3.636 0.0045 0.481 0.045 0.115 16.469
4 200 11.9 0.686 1.466 0.0019 0.226 0.023 0.051 6.435
5 200 10.7 1.159 2.597 0.0031 0.339 0.032 0.078 10.572
6 200 9.2 2.122 4.675 0.0057 0.526 0.044 0.12 18.204
7 210 14.6 0.665 1.559 0.0018 0.272 0.0214 0.08 6.207
8 210 15.6 1.534 3.033 0.0043 0.679 0.038 0.194 17.626
9 210 14.3 2.225 5.2001 0.0062 0.889 0.044 0.244 23.772
10 220 15.6 0.657 1.559 0.0018 0.285 0.0176 0.064 6.901
11 220 14.9 1.988 4.675 0.0054 0.817 0.036 0.213 23.899
12 220 14.1 2.23 5.2001 0.0061 0.859 0.039 0.239 20.510
13 230 15.61 1.098 2.597 0.003 0.469 0.038 0.115 7.471
14 230 15.9 1.538 3.636 0.0042 0.657 0.063 0.162 13.644
15 240 18.6 1.762 4.675 0.0051 1.272 0.121 0.383 35.055
16 240 18.7 1.955 5.2005 0.0057 1.419 0.123 0.429 47.172
17 250 19.1 0.629 1.559 0.0017 0.329 0.038 0.1 6.997
18 250 20.3 1.035 2.597 0.0028 0.583 0.075 0.16 14.323
19 250 20.8 1.439 3.636 0.004 0.836 0.109 0.246 25.114
20 260 21.5 0.611 1.559 0.0017 0.363 0.067 0.099 6.901
21 260 23.2 1.701 4.675 0.051 1.380 0.179 0.401 41.375
22 270 22.8 0.194 0.559 0.0006 0.264 0.024 0.117 1.145
23 270 23.7 0.594 1.559 0.0016 0.393 0.067 0.181 8.141












dx ¼ xout  xinrCO ¼
xout
rCO : ð4Þ
According to the above equation, the average rate for






The selectivity (%) towards the components on carbon-
basis was calculated according to
Selectivity of product i %ð Þ ¼ moles of product i
moles CO in  moles CO out
 100:
ð6Þ
The production rate for each product was [26]
ri ¼ ni;0=W ; ð7Þ
where ni,0 and W are molar flow rate of component i exiting
the reactor and the catalyst weight, respectively.
Results and discussion
Effect of operational conditions
Operational conditions are very important factors on the
catalytic performance of the catalysts for FTS. Conven-
tional FT catalyst screening consists of comparing the
catalytic performance at the same experimental conditions
(temperature, pressure, H2/CO ratio, and amount of catalyst
or active phase). The measured output values of catalyst
screening are typically overall activity (syngas conversion),
selectivities (methane, light, and heavy hydrocarbons),
stability, and catalyst behavior during the start-up activa-
tion steps. The choice of the operating conditions and
reactor represents the major challenge of FT catalyst
screening. The effect of a range of operation variables such
as H2/CO feed molar ratios, reaction temperature, and
reaction pressure on the catalytic performance of TiO2
supported Co–Mn catalyst was investigated to identify and
optimize the operational conditions for FTS. The typical
reaction results are compared with respect to activity (CO
conversion), product selectivity, and the formation of
methane.
Effect of temperature on product selectivity
The effect of reaction temperature on the catalytic perfor-
mance of the 25 %Co/75 %Mn/30 wt.% TiO2 prepared
using co-precipitated procedure was studied at a range of
temperatures between 190 and 270 C under the same
reaction conditions of H2/CO = 2/1, gas hourly space
velocity (GHSV) = 4,500 h-1 at constant pressure 3 bar.
The reduced catalyst was tested at each reaction tempera-
ture for 12 h and the results are shown in Table 4.
According to the obtained results (Table 4), the optimum
reaction temperature was 270 C, at which temperature the
total selectivity of light olefin products was higher than
those at the other reaction temperatures under the same
operating conditions. Because the FT polymerization
reaction is exothermic, an increase in reaction temperature
always shifts the product towards lower carbon number
hydrocarbons [27]. Hence, 270 C is considered to be the
optimum operating temperature because of high CO con-
version, high total selectivity of produced light olefins and
low CH4. In general, an increase in the reaction tempera-
ture leads to an increase in the catalytic performance;
however, it was also shown that the reaction temperature
should not be too low, since at low reaction temperatures
the conversion percentage of CO is low [13]; Fernandes
[28] reported that the lower temperatures than 180 C may
not provide enough energy to active the reagents on the
catalyst, and the reaction may not begin. At high temper-
ature the selectivities of CH4 and CO2 (as unwanted pro-
ducts) were enhanced, as well as the formation of large
amount of coke (another unwanted product) [29]. On the
other hand, lower temperature is preferential for chain
growth and the production of heavy hydrocarbons [30].
Effect of pressure on product selectivity
The total syngas pressure is an important catalyst screening
parameter. Variation of pressure is also applied in directing
the FT process toward desired products. The results of FT
catalyst screening at atmospheric and high pressure could
yield different results. These differences could be inter-
preted in terms of different concentrations of reagents in
gaseous and liquid phases, catalyst restructuring, and
deactivation. An increase in total pressure would generally
result in condensation of hydrocarbons, which are normally
in the gaseous state at atmospheric pressure. Higher pres-
sures and higher carbon monoxide conversions would
Table 4 The effect of temperature on the catalytic performance:
P = 3 bar; H2:CO ratio (2:1)
T (C) CO conversion (%) Selectivity (%)
CH4 C2H4 C3H6 C5?
190 11.2 16.5 20.9 22.8 27.6
210 14.6 14.8 22.4 27.5 20.8
230 16.6 15 23.3 20.5 22.2
250 19.1 17.7 23.1 28.4 20.7
270 23.7 15.6 32.9 27.8 16.8
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probably lead to saturation of catalyst pores by liquid
reaction products [31]. Malek Abbaslou et al. [32] reported
that as the pressure increases, the supercritical media
exhibits a liquid-like density, which can enhance extraction
from the catalyst pores. This phenomenon helps CO and H2
adsorption onto active sites thereby increasing CO con-
version. A different composition of the liquid phase in
catalyst pores at high synthesis gas pressures could affect
the rate of elementary steps and carbon monoxide and
hydrocarbon concentrations. A series of experiments were
carried out to investigate the influence of the reaction
pressure on the catalytic performance of the cobalt man-
ganese oxide catalyst containing 25 %Co/75 %Mn/
30 wt.% TiO2 for production of light olefins at the reaction
conditions of H2/CO = 2/1, GHSV = 4,500 h
-1 and
270 C, during variation of total pressure in the range of
3–10 bar the reduced catalyst was tested at each pressure
for 12 h. It can be seen from Table 5 that at the ranges of
1–10 bar total pressure, no significant change on CO con-
version was observed. However, light olefins selectivities
were changed and the results indicate that at the total
pressure of 3 bar, the catalyst shows the highest total
selectivity of 60.6 % with respect to C2–C3 light olefins. It
is worth mentioning that at some experimental conditions
only trace quantities of ethane, propane, butane, and CO2
were observed which were negligible in comparison with
light olefins. Hence because of higher total selectivity
toward C2–C3 light olefins, a high value of CO conversion,
and low CH4 selectivity at the total pressure of 3 bar, this
pressure was chosen as the optimum pressure.
Effect of H2/CO molar feed ratio on product selectivity
It is well known that H and CO coverage play essential
roles in the reactivity and selectivity of FTS. The influence
of the reaction H2/CO molar feed ratio on the steady-state
catalytic performance of the cobalt manganese oxide cat-
alyst containing 25 %Co/75 %Mn/30 wt.% TiO2 prepared
using co-precipitation technique for the Fischer–Tropsch
reaction at 270 C under constant pressure of 3 bar was
investigated. The results (not shown here) indicated that
CO conversion increases with the increase of the H2/CO
molar feed ratios from 1/1 to 2/1, and after passing a
maximum apex in H2/CO = 2, activity decreases. It can be
concluded that a low H2/CO ratio leads to increased CO
adsorption relative to hydrogen because it is well known
that CO adsorption is stronger than the H on the catalyst
[33, 34]. However, at a H2/CO ratio of 2/1, the total
selectivity toward C2–C3 olefins fraction was higher and
the CH4 selectivity was lower; in comparison with the
products of the other H2/CO feed ratios under the same
operating conditions of temperature and pressure. Taking
these results into consideration, the H2/CO ratio of 2/1 was
chosen as the optimum molar feed ratio for conversion of
synthesis gas to C2–C3 light olefins fraction over the Co–
Mn catalyst prepared by co-precipitation technique.
Kinetic models (rate equations) for CO consumption
and products
The production rate of each product and consumption rate
of CO have been assumed to be a power-law form and also
a function of the partial pressures of carbon monoxide and
hydrogen as follows:







where ki;0 and Ei are the frequency factor and activation
energy for the component i, respectively. To estimate the
parameters of the kinetic model, the Levenberg–Marquardt
(LM) algorithm still plays an important role. A non-linear
regression algorithm of LM was utilized to fit the rival rate
expressions to the experimental results by minimizing the
summation of the squares of the deviations as follows and












The R2 value (reflects the amount of variance) and root
mean square deviation (RMSD) of the involved rate mea-

























and RMSD is described as
Table 5 The effect of pressure on the catalytic performance:
T = 270 C; H2:CO ratio (2:1)
P (bar) CO conversion (%) Selectivity (%)
CH4 C2H4 C3H6 C5?
1 22.8 14.8 30.2 20.9 14.4
3 23.7 15.6 32.9 27.8 16.8
5 23.5 16.6 28.1 26.7 20.3
7 23.1 16.6 24.7 27.3 24.4
9 23.6 15.8 24.8 25.5 26.9
10 23.2 15.6 24 23.7 29.3















CO;i indicate the experimental and calculated CO
conversion rate from each kinetic model in the ith data
point, respectively. Nexp represents the number of experi-
mental data points with pure error variance r.
The mean absolute relative residual (MARR) between














The parameters obtained in the proposed expression for
FT reaction and production rates of hydrocarbons in this
study are shown in Table 6. The 95 % confidence intervals
are much smaller than the parameter values. The high value
of R2 and low values of variance, RMSD and MARR, are
obtained from these equations. Figure 2 shows a compar-
ison between the experimental results and predicted kinetic
model for the propylene production, as example. The solid
line in the figure denotes that calculated rC3H6 is equal to
the experimental one and dotted lines over and under the
solid line represent 15 % deviation. The experimental
results were found a good agreement with the proposed
kinetic model showing about 15 % deviation.
In comparison with other models, the power-law model
can predict the effect of CO and H2 concentration on reaction
rate of production using m and n parameters. As can be seen
in Table 6, the orders of reactions that were -0.38 and 1.96
for CO and H2 are consistent with those reported in previous
kinetic studies of FTS on cobalt-supported catalyst [19–23].
In all of those kinetic expressions, the coefficient m was
negative and the coefficient n was positive, suggesting
inhibition by adsorbed CO. The activation energy for the FT
reaction obtained from power-law equation is 30.71 kJ/mol.
In our previous research on the present catalyst [2], two
kinetic expressions based on Langmuir–Hinshelwood–
Hougen–Watson mechanism were observed to fit the
experimental data accurately for FTS reaction. Activation
energies were obtained to be 35.1 and 44.6 kJ/mol for opti-
mal kinetics models. The activation energy is different for
the two proposed models (power-law equation and optimal
kinetics models). It may be due to the other coefficients
which affect the activation energy of power law equation
significantly.
The results show that the maximum activation energy
and lower value of MARR have been for the methane and
butane productions, respectively. Also, a rise in power of
the partial pressure of CO from -0.88 to about 1 is
observed which indicates that CO inhibits the production of
hydrocarbons, i.e., methane, ethylene, and heavier hydro-
carbons but this inhibiting tendency seems to diminish
through propylene and butane.
Conclusion
An active 25 %Co/75 %Mn/30 wt.% TiO2 catalyst was
prepared by co-precipitation method and it showed the
highest performance for synthesis of light olefins in FTS.
The optimal operating conditions for the production of
light olefins were found to be 270 C under the total
pressure of 3 bar at the molar feed ratio of H2/CO = 2/1.
Table 6 Kinetic models for
the CO conversion rate and
production rates of
hydrocarbons










2 RMSD Variance MARR
(%)
CO 102 (-1.58) 30.71 -0.38 1.96 0.94 0.018 0.014 19.21
CH4 202.99 (-1.04) 42.37 -0.88 1.92 0.94 1.88E-03 1.41E-04 20.87
C2H4 84.69 (-1.02) 34.53 -0.33 1.35 0.94 5.11E-03 1.03E-03 13.73
C3H6 102.01 (-1.19) 30.58 0.64 0.55 0.96 4.53E-03 8.11E-04 13.22
C4H10 0.31 (-1.33) 17.49 0.78 0.55 0.95 3.05E-04 3.69E-06 11.86
C5
? 101.98 (-1.6) 16.04 -0.22 1.83 0.9 0.089 0.047 16.52
Fig. 2 Parity plot of the propylene rate equation
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The initial production rates and CO consumption rate
were determined in a fixed-bed micro reactor by altering
reaction temperature (190–270 C), pressure (1–10 bar),
GHSV (2,700–5,200 h-1), and H2/CO feed molar ratio
(1–3). The results of the experiments are presented as
power-law rate equations for FT reaction and each of the
main products in Table 6. The unknown kinetic parame-
ters were estimated from experimental data using non-
linear regression (Levenberg–Marquardt) method. The
estimated model is comprehensive because it involves
products like methane, ethylene, propylene, butane, and
heavier hydrocarbons. It was observed that the model for
the CO consumption shows an error of ±19 % while the
models for the other hydrocarbons show a maximum error
of ±21 %.
Open Access This article is distributed under the terms of the
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